This work investigates the kinetics of the reaction of CO 2 with CaO particles partially carbonated that are forced to increase their carbonate content at high temperatures in an atmosphere of rich CO 2 . This additional recarbonation reaction, on particles that have already completed their fast carbonation stage, is the basis of a novel process that aims to increase the CO 2 carrying capacity of sorbents in Calcium looping CO 2 capture systems.
KEY WORDS: CO 2 capture, regenerable sorbents, carbonation, CO 2 carrying capacity kinetics, limestone Introduction CO 2 capture and storage, CCS, is a major mitigation option for addressing the problem of climate change and there is a range of mature CO 2 capture technologies that could be rapidly deployed if the right incentives were in place 1 . The potential for reducing costs in optimized plants with already existing CO 2 capture technologies is important. However, a number of emerging CO 2 capture technologies may offer much deeper cost savings 1 .
Among these emerging technologies is the Post-combustion Calcium looping process, CaL, which is based on the carbonation reaction of CaO and CO 2 . It has experienced rapid growth in recent years from a mere concept (first proposed by Shimizu et al. 2 ) to small scale pilot demonstration of interconnected reactors [3] [4] [5] [6] [7] and more recently to larger scale pilots 8, 9 , 10 of up to 1.7 MW th 11, 12 . In a typical CaL system, the CaO particles react with the CO 2 contained in the flue gas in the carbonator unit, which operates at high temperature (650-700 ºC) to form CaCO 3 . This carbonate is calcined by the oxy-combustion of coal at temperatures of around 880-910ºC in a second circulating fluidized bed, the calciner (see Figure 1 ). The high temperature gas and solids streams allow an efficient heat recovery that can be integrated with a steam cycle to generate additional power [13] [14] [15] [16] . In this way the energy penalty associated with the capture process is reduced to 6-7 net points assuming standard equipment in the Air Separation Unit, ASU, required for oxy-combustion, and in the CO 2 compression and purification unit, CPU. Any improvement in the ASU or CPU elements of the oxy-fuel combustion systems will also benefit the CaL system as the consumption of O 2 in the calciner still remains the main energy penalty in the process and a major cost component.
A well-known drawback of all CaL technologies is the decay in the CO 2 carrying capacity that the sorbent experiences with the number of calcination/carbonation cycles [17] [18] [19] [20] [21] . The low cost and availability of the raw limestone material used in CaL systems allows a sufficiently large make-up flow of limestone to compensate for the decay in activity, making it possible to purge the system of ashes and CaSO 4 . It is, however, important for the development of large scale CaL technology to be able to operate with a minimum sorbent requirement and maximum sorbent stability [21] [22] [23] . For this reason, intensive research is being carried out to find ways to reactivate CaO materials and to obtain more stable CaO-based sorbents, as explained in recent reviews by Anthony 24 and Blamey et al 25 .
Recently, our group proposed 26 a novel process to increase and stabilize the CO 2 carrying capacity of CaO particles in a CaL system. This is achieved by including a short recarbonation stage between the carbonator and the calciner, in which highly carbonated particles from the carbonator are forced to increase their conversion to slightly above their 'maximum carrying capacity' (usually signaled by the end of the fast carbonation period under normal carbonation conditions). The fundamentals of the process are based on the ability of CaO to react with CO 2 up to conversions over 80% after ten cycles of 24 hours in pure CO 2 as shown by Barker 18 . More recent experimental studies have revealed that extended carbonation times (up to 30 minutes) lead to sorbents exhibiting greater residual activity 27, 28 with respect to the activity of solid sorbents subjected to shorter reaction times 29 . Similar results were found with sorbents tested under higher CO 2 partial pressure 30, 31 . Also the use of pure CO 2 and long carbonation reaction times, was investigated as a method to increase CO 2 carrying capacities, but contradictory results at TGA and fluidized bed lab scale 32 were obtained.
The recarbonation process proposed in this study includes a new reaction step carried out in a separate reactor (the recarbonator in Figure 1 ) where the partially carbonated stream of solids exiting the carbonator unit is placed in contact with a highly concentrated CO 2 stream at high temperature (generated in the calciner unit). The purpose of this is to produce an additional conversion of the solids under the slow reaction regime in order to achieve an increase in the carbonate conversion that will compensate for the decay in the CO 2 capture capacity the solids will undergo the next time they pass through the calciner and carbonator 26 . It is well known that the ability of CaO to react with CO 2 in the slow reaction regime has little impact on the CO 2 carrying capacity of the sorbent under the standard carbonation conditions in a CaL system. This is because the average residence times of the solids in the carbonator reactor amount to only a few minutes 6, 7 for typical solids inventories and circulation flows. Besides, the average CO 2 partial pressures around the particles in the reactor are well below 15 kPa when the CO 2 capture efficiency is high. However, the sorbent may be reacting sufficiently fast under the enhanced carbonation conditions of the recarbonator reactor in Figure 1 . The recarbonation process in Figure 1 opens up a new scenario for the study of carbonation reaction kinetics on the basis of the ability of CaO particles that are already partially carbonated to continue reacting with CO 2 at the high temperatures and CO 2 partial pressures present in the recarbonator reactor. Evaluation of the reaction kinetics in the slow reaction regime at a higher temperature and pCO 2 will be critical for the design of the recarbonator reactor. A substantial background of literature exists on the relevant kinetics and mechanism of reaction between CaO and CO 2 , as reviewed in the following paragraphs.
Early experimental studies of the carbonation kinetics of CaO revealed the existence of two stages in the carbonation reaction rates 2, 18, 19, 21, 33, 34 : a fast chemically controlled initial reaction stage and a second slower reaction stage controlled mainly by the diffusion of CO 2 through the product layer. Various models based on sorbent structural properties have been used in the literature to describe in detail the kinetics of these two reaction regimes, as compiled in the review by Stanmore and Gillot 35 , and they can be classified into grain models or pore models. The grain models for CaO carbonation see the particle as a porous structure consisting of a grain matrix formed as a result of the previous calcination step [36] [37] [38] . shrinking core model applied to the micrograin showed that there is a short kinetically controlled regime, followed by a combined control by chemical reaction and diffusion through the carbonate layer. Finally the CO 2 diffuses at the grain level through the carbonate to reach the inner CaO cores. A second group of researchers applied pore models that take into account the evolution of the pore size distribution of the sorbent during the carbonation reaction 33, 39 . The Random Pore Model, RPM, developed by Bhatia 33 considered the pore structure as a network of randomly interconnected pores, and defined the key particle structural parameters on the basis of this geometry. They developed a general expression for the instantaneous gas-solids local reaction rate applicable to porous systems in the presence of a product layer diffusion resistance.
Sun et al 39 developed a new gas-solid model for the carbonation of CaO based on discrete pore size distribution measurements. This model uses the initial pore size distribution of the lime resulting from calcination of the fresh limestone as input data. The only fitting parameter used was the effective diffusivity through the product layer (which was also dependent on the evolution of the pore system).
As mentioned above, the carbonation reaction shows an abrupt change from the chemical to the diffusional controlled regime, which has been generally attributed to the formation of a Recent studies on the effect of temperature on the carbonation reaction of CaO under the diffusion reaction regime have shown that the reaction kinetics are improved when the reaction temperature is increased in what appears to be another fast reaction regime 43 .
These findings reinforce the relation of the diffusion coefficient with temperature, and
show that the contribution of the CO 2 diffusion resistance through the product layer to the total reaction rate is highly determined by reaction temperature. Also, according to the detailed observations and modelling work of Li et al. 43 , the morphology of the product layer is largely dependent on the reaction temperature. When the reaction temperature is increased, the thickness of the islands those initially form the CaCO 3 layer increases while their density over the CaO surface diminishes leaving, for a given level of conversion, a higher fraction of free CaO surface for chemically controlled reaction. This is a critical piece of information for understanding and interpreting the experimental results presented in this work.
The objective of this paper is to extend the scope of the experimental results available in order to model the carbonation reaction in the different stages of the system of Figure 1 and, in particular, to determine the effect of the main operating variables (i.e., the reaction temperature, the CO 2 partial pressure and the presence of steam) upon the conversion achieved by CaO particles under recarbonation conditions. The kinetic parameters that govern the reaction in the new reaction conditions will be determined using the Random Pore Model. A second objective of the paper is to reinforce the experimental evidence of the positive effects of the recarbonation step on the increase in the residual CO 2 carrying capacities of CaO particles. The experimental tests were carried out on a TGA apparatus that has been described in detail in previous papers 41 . Briefly, the reactor consists of a quartz tube with a platinum basket suspended from it, inside a two-zone furnace. The furnace can be moved up and down by means of a pneumatic piston. The position of the furnace with respect to the platinum basket allows alternation between calcination and carbonation conditions. The temperature and sample weight were continuously recorded on a computer. The reacting gas mixture (CO 2 , O 2 /air) was regulated by mass flow controllers and fed in through the bottom of the quartz tube. Steam was generated by external electric heating of the water flow controlled by a liquid mass flow controller and then introduced into the reaction atmosphere for some specific tests.
Experimental
The materials used to determine the reaction kinetics of the carbonation reaction under recarbonation conditions (elevated reaction temperature and CO 2 partial pressure) were partially deactivated CaO particles, with an average CO 2 carrying capacity of between 0.15 and 0.30 CaO molar conversion, which is representative of the activity of the average material circulating in a large-scale CaL system. To prepare this material, batches of around 150 mg of limestone were placed inside a platinum pan in the TGA apparatus and subjected to relatively standard calcination/carbonation cycles (the calcination of the sample was carried out at 875 ºC in air for 30 min and the carbonation was carried out at 650 ºC in 5 kPa CO 2 in air for 30 minutes to ensure full saturation of the sorbent up to its maximum carrying capacity, X N ). The solids prepared by this procedure had been subjected to the recarbonation tests described below.
Three mg of partially deactivated sorbent was placed in the TGA pan in each individual kinetic test, and the total gas flow was set to 4*10 -6 m 3 /s to eliminate external diffusion resistances to the reaction 41 . To avoid any effect associated with the preparation of the 1  2  3  4  5  6  7  8  9  10  11  12  13  14  15  16  17  18  19  20  21  22  23  24  25  26  27  28  29  30  31  32  33  34  35  36  37  38  39  40  41  42  43  44  45  46  47  48  49  50  51  52  53  54  55  56  57  58  59  60 Furthermore, to determine the impact that the recarbonation stage has on sorbent residual activity, around 10 mg of limestone sample was subjected to 75 repeated calcination/carbonation cycles according to the following routine: calcination of the sample at 875 ºC in air for 5 minutes, carbonation at 650 ºC in 5 kPa CO 2 in air for 5 min and recarbonation in pure CO 2 for 5 minutes. The tests were carried out at recarbonation temperatures of 700 and 800 ºC. For comparison purposes, the same material was also tested under a "typical" calcination-carbonation experimental routine without any recarbonation step (calcination at 875ºC in air for 5 minutes and carbonation at 650ºC in 5 kPa CO 2 in air for 5 minutes). According to the nomenclature in Figure 2 , N corresponds to the total number of calcinations experienced by the sample (17 in this case) and R corresponds to the number of recarbonation stages (2 in the example of Figure 2 ). Figure   2 , which corresponds to the maximum CO 2 carrying capacity of the sorbent for each cycle number N on both curves. After 280s of carbonation, the reaction conditions remain unchanged in the reference experiment without recarbonation, but they switched over to the conditions required by the recarbonator reactor in Figure 1 (in this particular test: 800 ºC and 85 kPa CO 2 ) in the black curve.
Results and discussion
As it can be seen, thanks to the recarbonation stage, the CO 2 carrying capacity of the 1  2  3  4  5  6  7  8  9  10  11  12  13  14  15  16  17  18  19  20  21  22  23  24  25  26  27  28  29  30  31  32  33  34  35  36  37  38  39  40  41  42  43  44  45  46  47  48  49  50  51  52  53  54  55  56  57  58  59  60 rapid increase in carbonate conversion during recarbonation, ∆X R , must be the change in the reaction temperature and the CO 2 partial pressure. As can be seen in Figure 2 , once the experimental conditions have been switched over to the recarbonation conditions the slope of the CaO conversion curves increases with respect to the slope of the diffusion regime at lower temperature until X reaches a new plateau, X + N,R= X N,R +∆X R,max , in which the reaction rate slows down again. These experimental CaO conversion curves which incorporate the gain in conversion during recarbonation, ∆X R,max , can be used to derive the kinetic parameters for the recarbonation reaction stage.
As pointed out above a series of experiments were carried out to evaluate the effect of the To analyze the effect of the reaction atmosphere on the kinetics of the recarbonation reaction several tests were carried out at 800ºC, in which the pCO 2 in the reaction atmosphere was varied from 60 to 100 kPa CO 2 . As can be seen in Figure 4 left), the reaction rate under recarbonation conditions increases with increasing CO 2 concentration.
However, the CaO conversion that marks the onset of the second plateau is independent of the CO 2 partial pressure, and from this point the reaction rate is independent (and very slow) of CO 2 partial pressure. This is in agreement with the expression formulated by Bhatia and Perlmutter for pure diffusion control 33 . 1  2  3  4  5  6  7  8  9  10  11  12  13  14  15  16  17  18  19  20  21  22  23  24  25  26  27  28  29  30  31  32  33  34  35  36  37  38  39  40  41  42  43  44  45  46  47  48  49  50  51  52  53  54  55  56  57  58  59  60 results compiled in the literature from which it can be concluded that diffusion resistance is diminished in the presence of steam 44, 45 .
To fit the experimental conversion data vs. time we have used the Random Pore Model , the abrupt change to the slower reaction rate under carbonation conditions is determined by the formation of a product layer thickness of around 40 nm (the conversion associated with this layer thickness is referred to as X KD in Grasa et al. 41 ). Equation (1) can be applied to predict the evolution of the CaO conversion with time under the chemically controlled regime, where Ψ is the sorbent structural parameter and τ is the non dimensional time 41 : Once the fast reaction stage has finished, from X KD onwards, the reaction can be modeled as combined control by the chemical reaction and diffusion but with the predominant control of diffusion phenomena through the product layer. These will be the phenomena that control the carbonation reaction when the sorbent particles initiate a recarbonation reaction period, since they present a CaO conversion close to X N,R (see Figure 2 ). Equation 1  2  3  4  5  6  7  8  9  10  11  12  13  14  15  16  17  18  19  20  21  22  23  24  25  26  27  28  29  30  31  32  33  34  35  36  37  38  39  40  41  42  43  44  45  46  47  48  49  50  51  52  53  54  55  56  57  58  59 Table 1 together with the limestone textural and structural parameters that were measured experimentally. 1  2  3  4  5  6  7  8  9  10  11  12  13  14  15  16  17  18  19  20  21  22  23  24  25  26  27  28  29  30  31  32  33  34  35  36  37  38  39  40  41  42  43  44  45  46  47  48  49  50  51  52  53  54  55  56  57  58 1  2  3  4  5  6  7  8  9  10  11  12  13  14  15  16  17  18  19  20  21  22  23  24  25  26  27  28  29  30  31  32  33  34  35  36  37  38  39  40  41  42  43  44  45  46  47  48  49  50  51  52  53  54  55  56  57  58 59 60 1  2  3  4  5  6  7  8  9  10  11  12  13  14  15  16  17  18  19  20  21  22  23  24  25  26  27  28  29  30  31  32  33  34  35  36  37  38  39  40  41  42  43  44  45  46  47  48  49  50  51  52  53  54  55  56  57  58  59  60 period is assumed to be constant from X N,R up to X + N,R . The CaO reaction surface available for reaction in the recarbonator reactor (S N,Rav ) can then be expressed as:
where ∆X R,max is the maximum conversion achievable in the recarbonator reactor, ρ CaO and 
This expression is a simplification of the grain model expression 46 , 50 successfully applied in previous works. The experimental values for k s,R obtained in the present work ranged from 3.5*10 -8 and 4.0*10 -9 (m 4 /kmol s) for the series carried out at 800 ºC and 700 ºC respectively and at 85 kPa CO 2 , from which the constant pre-exponential factor and the activation energy were derived (see Table 2 ). Also, by analogy with the approach adopted for the carbonator reactor models described in the literature 7, 46 , the reaction rate expression can be represented as follows: 1  2  3  4  5  6  7  8  9  10  11  12  13  14  15  16  17  18  19  20  21  22  23  24  25  26  27  28  29  30  31  32  33  34  35  36  37  38  39  40  41  42  43  44  45  46  47  48  49  50  51  52  53  54  55  56  57  58  59  60 where ࣖ CO2 and ࣖ eq represent the CO 2 volume fraction in the gas phase and according to the equilibrium, respectively. According to this expression k s,R will be between 0.0044 s -1 for the series carried out at 800 ºC and 0.0005 s -1 for the experiments conducted at 700 ºC. Finally in order to gain a general overview of the impact of the recarbonation stage on the general CO 2 carrying capacity curves as a function of the number of carbonationcalcination cycles, several long duration series (75 cycles each) were conducted using three different recarbonation temperatures. Figure 6 shows the evolution of the CO 2 carrying capacity at the end of the fast carbonation period, X N,R , against the number of correspond to tests where the recarbonation step was carried out at 700 ºC and 800 ºC in pure CO 2 for 5 minutes. The experimental data were fitted to the typical expression from Equation (7) of X N vs. N 29 and the derived parameters k and X r that are compiled in Table 3 represent the deactivation constant and the residual capture capacity of the particles, respectively. 1  2  3  4  5  6  7  8  9  10  11  12  13  14  15  16  17  18  19  20  21  22  23  24  25  26  27  28  29  30  31  32  33  34  35  36  37  38  39  40  41  42  43  44  45  46  47  48  49  50  51  52  53  54  55  56  57  58  59  60 k s0,R pre-exponential factor for the recarbonation rate constant in Equation (5) in (m 4 /kmols) or in (s -1 ) according to Equation (6) k s,R apparent kinetic constant of the recarbonation reaction in Equation (5) 1  2  3  4  5  6  7  8  9  10  11  12  13  14  15  16  17  18  19  20  21  22  23  24  25  26  27  28  29  30  31  32  33  34  35  36  37  38  39  40  41  42  43  44  45  46  47  48  49  50  51  52  53  54  55  56  57  58  59 1  2  3  4  5  6  7  8  9  10  11  12  13  14  15  16  17  18  19  20  21  22  23  24  25  26  27  28  29  30  31  32  33  34  35  36  37  38  39  40  41  42  43  44  45  46  47  48  49  50  51  52  53  54  55  56  57  58  59  60 1  2  3  4  5  6  7  8  9  10  11  12  13  14  15  16  17  18  19  20  21  22  23  24  25  26  27  28  29  30  31  32  33  34  35  36  37  38  39  40  41  42  43  44  45  46  47  48  49  50  51  52  53  54  55  56  57  58  59  60 1  2  3  4  5  6  7  8  9  10  11  12  13  14  15  16  17  18  19  20  21  22  23  24  25  26  27  28  29  30  31  32  33  34  35  36  37  38  39  40  41  42  43  44  45  46  47  48  49  50  51  52  53  54  55  56  57  58  59  60 
